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Abstract 
A dynamic rate-based amine absorption process model has been developed to predict the dynamic 
behaviour of CO2 capture process. The proposed mathematical model, comprised of coupled sets of 
partial differential algebraic equations, includes the nonlinear behaviour, and was solved using 
gPROMS. The model was validated using steady-state simulations from Aspen and data available in 
the literature for this process. 
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1. Introduction 
 
CO2 capture from flue gases in fossil fuel power plants is an important strategy for reducing CO2 
emissions. Amine absorption process is the most mature CO2 capture technology available for 
chemical and natural gas industries but has not yet been implemented at the scale of commercial 
power plants. Aqueous monoethanolamine (MEA) is an effective solvent that has been widely used 
commercially in CO2 removal plants. The general process flow diagram for amine absorption is 
shown in Figure 1.  The flue gas from the fossil fuel power plant is contacted counter currently with 
the lean amine solution in an absorber unit. A gas with reduced CO2 content leaves the top of the 
absorption tower while the rich amine solution, loaded with CO2, leaves at the bottom of the tower 
is then heated in a cross heat exchanger and then sent to the stripper for CO2 stripping from the 
amine solution. The CO2 is released at the top of the stripper while the lean amine solution is 
recycled back to the absorber.  
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Figure 1: Process flow diagram of an amine absorption process 
 
CO2 removal by amine scrubbing has been extensively studied. Nevertheless, the studies have 
focused on optimizing process operating conditions, improving or testing new solvents, improving 
the process design to minimize energy consumption and reducing plant efficiency loses. To date, 
most of the modelling work on this process has focused on steady-state models, i.e., they assume 
that the power plant operates continuously at a given base load. However, power plants are subject 
to start-up, shut-down and changes in the flue gas load due to fluctuations in electricity demand.  
The operability of the power plant significantly affects the optimum operating conditions of the CO2 
capture process. Several studies have been done to examine the flexibility of the power plant with 
CO2 capture with respect to part load [1, 2]. However, those works analyzed steady state part load 
performance without considering the dynamic behaviour of the process during part load change.  
 
Simulation of dynamic MEA absorption process model is necessary to study the effect of the 
power plant’s dynamic behaviour on CO2 capture process. In particular, the use of a dynamic model 
is a powerful tool for the design of control systems for this process. Nevertheless, only a few 
authors have studied the dynamic modelling of the individual process units considered in the MEA 
absorption process. Kvamsdal et al. [3] and Lawal et al. [4] developed a dynamic model of a 
standalone absorber while Ziaii et al. [5] and Greer et al. [6] modeled a dynamic standalone stripper 
column. In those studies, a rate-based approach was used for packed column model. Although 
previous studies have provided insight regarding the dynamic behaviour of the single units 
(absorber and stripper) of this process, a study that discusses the dynamic modelling of the complete 
MEA absorption process is not currently available. The aim of this study is to develop a 
mechanistic first principle dynamic model for the complete MEA absorption process. The proposed 
dynamic model was implemented and solved using gPROMS, a general-purpose process modelling 
software tool.  
 
2. Model Development 
 
The MEA absorption process consists of an absorber, a stripper and a cross heat exchanger. The 
first step to achieve the objective of this study is to formulate the mathematical model of each unit 
operations involved in this process. The formulations of the absorber and stripper are the same 
except that the stripper requires a reboiler unit. The mathematical model used in this study for 
packed column is based on the model developed by Kvamsdal et al. [3].  
 
2.1 Mathematical model: Packed column 
 
The absorber and stripper models were modeled using a rate-based approach and an 
enhancement factor model for the effect of chemical reaction on mass transfer. The dynamic packed 
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column was discretized into a number of segments resulting in a set of partial differential algebraic 
equations (PDAEs). The following lists the equations used to model the packed column. 
  
Molar component balance for the gas and liquid phase 
 
 ,
 = −
,
	 − 
/  (1)  
 ,
 = 
,
	 + 
/  
(2)  
where ,(mol/m3) and ,(mol/m3) are the molar concentrations of component i in gas and liquid 
phases, respectively; (m/s) and (m/s) are the gas and liquid velocities, respectively; Ni 
(mol/m
2
/s) is the molar flux of component i and 
/ (m2/m3) is the specific gas-liquid interfacial 
area. The liquid velocity is assumed constant while the gas velocity is determined using the 
following equation, 
 
	 =



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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(3)  
where   (kPa) is the gas pressure,  (K) is the gas temperature, and ,(mol/m3) is total gas 
molar concentration. 
 
Energy balance for the gas and liquid phase 
 
 
 = −

	 +
ℎ
 − 
∑,,  
(4)  
 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 −  − ∆ − ∆ 
+ ℎ!( − "#)] 
(5)  
where   (K) is the liquid temperature,  (J/mol/K) is the specific heat capacity, $(J/m3/s) is the 
interfacial heat transfer, ℎ (W/m2/K) is the interfacial heat transfer coefficient and "#(&) is the 
ambient temperature. The heat of reaction per mol of CO2, ∆ (J/mol) is equal to 82000, the heat 
of vaporization of H2O, ∆ (J/mol) is assumed constant at 48000, and the wall heat transfer 
coefficient, ℎ!(W/m2/K) is assumed to be 430. These values were taken from Kvamsdal and 
Rochelle [7]. 
 
Rate equation 
 
The rate of mass transfer of carbon dioxide (CO2), water (H2O) and monoethanolamine (MEA) 
through the gas-liquid interface were determined using the following equation based on a two film 
model.  
  = &,(' − '∗) (6)  
 1
&, =
1
-, +

-,.          
(7)  
where - (mol/Pa/m2/s) and - (m/s) are the mass transfer coefficients in gas and liquid phases, 
respectively; '(kPa) and '∗(kPa) are the partial pressure of absorbing gas in the gas phase and at 
the gas-liquid interface, respectively, and E is the enhancement factor. The pressure of each 
component at the gas-liquid interface is calculated using Henry’s law equation. The use of overall 
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mass transfer coefficient eliminates the need to calculate the concentrations at the interface. It is 
assumed that resistance to mass transfer for both H2O and MEA in liquid phase is negligible. The 
enhancement factor for the absorber, Eabs is calculated using the following equation, 
 .#0 = 2-3456
∗ 7
-,
 
(8)  
where -3 (m3/mol/s) is the second-order reaction rate constant, 456∗  is the liquid molar 
concentration of free MEA and 7 (m2/s) is the diffusivity of CO2 in the aqueous MEA solution. 
Due to high temperatures, mass transfer with a reversible instantaneous reaction is assumed to take 
place in the stripper where chemical equilibrium prevails in the liquid phase. The enhancement 
factor used in the stripper model, Estr is estimated using the following equation [8], 
 
.0 = 1 +
745687 2&9:456
;1 + 2 745687456 >&9:∗ ? ;>∗ + 2?
 
(9)  
where 74568 and 7456 (m2/s) are the diffusivity of carbamate (MEACOO-) and MEA, 
respectively, &9: (m3/mol) is the equilibrium constant, 456 and  are the liquid molar 
concentration of MEA and CO2, respectively, and ∗ is the molar concentration of CO2 at the 
liquid side interface. 
 
2.2 Mathematical model: Reboiler 
 
In this study, the reboiler is modeled as a single equilibrium stage. P-T flash calculations were 
used to determine the compositions of vapour and liquid phases at known pressure, temperature and 
overall compositions. The reboiler model is defined as follows: 
 
Molar component balance 
 @,9#
 = AB, − AC,! − AB,! 
(10)  
Energy balance 
 .9#
 = A − A − A + D9# 
(11)  
Summation 
 ∑ B = 1           ∑ C = 1 (12)  
 
Vapor-Liquid Equilibrium 
 & = CB  
(13)  
Holdups 
 @,9# = E4 G3HIJ"B               .9# =
E
4 G3HIJ" (14)  
 
where @,9# (mol) and .9# (J) are the molar holdup and energy holdup, respectively; A (mol/s), A (mol/s) and A (mol/s) are the inlet molar flowrate, vapour molar flowrate and  liquid molar 
flowrate, respectively; B and C are the liquid and vapour mole fraction, respectively;  (J/mol) is 
the enthalpy, D9# is the reboiler heat duty, & is the is the K-value,  G (m) is the diameter of the 
column, HI (m) is the liquid level of reboiler drum and J" (mol/m3) is the molar density. 
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2.3 Mathematical model: Heat exchanger 
 
The cross heat exchanger considered in the process is modeled as a counter-current shell and 
tube heat exchanger. This model describes the heat exchanged between the hot lean amine solution 
and the cold rich amine solution coming from stripper and absorber, respectively.  
 
Energy balance for shell and tube 
 
The following energy balance equation is used to calculate the fluid temperature change along the 
length of the shell and tube, 
 .K
 = −
1
LH
D
	 + DM!
2
N 
(15)  
 
where .K (J/m3) is the volumetric specific internal energy, D (J/s) is the energy flowrate, DM! 
(J/m
2
/s) is the heat flux,  L (m2)  is the cross sectional area, N (m) is the radius, H (m) is the tube 
length,  (m) is the diameter. The energy flow rate is determined using the following equation, 
 D = Aℎ (16)  
where A (mol/s) is the molar flowrate and ℎ (J/mol) is the molar enthalpy. The volumetric specific 
internal energy is correlated to mass specific internal energy by the following relation, 
 . = ."J,     ." = ℎ" − KJ           
(17)  
where  ." (J/kg) is the mass specific internal energy, J (kg/m3) is the density, ℎ" (J/kg) is the mass 
enthalpy and  K (Pa) is the pressure. 
 
Heat flux  
 
Tube side heat flux for a single tube per unit area and shell side heat flux per unit area are calculated 
using the following equations,  
 DO!#9,M! = PO!#9("9 − O!#9) 
 
(18)  
 DQK9,M! = RO!#9PQK9("9 − QK9) (19)  
 
Energy balance for tube metal 
 
Heat balance across tube metal: 
 S"9,"9 "9 = H ;−DO!#9,M! −
DQK9,M!
RO!#9 ? 
(20)  
 S"9 = HJ"9 E4 ,O!#93 −,O!#93  (21)  
 
where DO!#9,M! (J/m2/s) and DQK9,M! (J/ m2/s) are the heat flux from tube wall to tube and from 
tube wall to shell, respectively; PO!#9(W/m2.K) and PQK9(W/m2.K) are the overall mass transfer 
coefficient of the tube and shell, respectively; "9 (K), O!#9 (K) and QK9 (K) are the tube 
metal temperature, tube fluid temperature and shell fluid temperature, respectively; S"9 (kg) is 
the tube metal mass; J"9 (kg/m3) is the tube metal density; and ,"9 (J/kg.K) is the tube 
metal specific heat capacity. 
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3. Model validation 
 
Since there is no industrial or pilot plant data readily available that describes the transient 
behaviour of this process, steady-state data was used to validate standalone rate-based absorber, 
stripper and reboiler models. Temperature profiles of standalone absorber were obtained at the 
steady-state operating condition and validated against pilot plant data reported by Lawal et al. [4]. 
As shown in Figure 2, the simulation results slightly under predict the pilot plant data at the top of 
the column. A similar result was reported by Lawal et al. [4]. Also, there is no pilot plant data 
available for the dynamic behaviour of a standalone stripper. Thus, the model developed was 
validated at steady-state using RadFrac column model in Aspen Plus. The liquid temperature 
profile, as shown in Figure 3, is slightly over predicted compared to the prediction from Aspen Plus 
at the top of the column. The simulation results for the reboiler and heat exchanger agree with those 
obtained with Aspen Plus and are not shown here for brevity.  
 
 
Figure 2: Liquid temperature profile of absorber 
 
 
Figure 3: Liquid temperature profile of stripper 
 
 
4. Dynamic simulation 
 
The dynamic model of the whole MEA proposed in this work was tested using a partial load 
reduction case study. To run the dynamic simulations, the process model was initialized from a base 
case steady-state operating obtained from Lawal et al. [4]. 
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Partial load reduction 
 
A ramp change in the flue gas flow rate of 50% with respect to its initial steady-state value was 
considered in the analysis to represent the power plant partial load reduction. The liquid to gas ratio 
increased as the flue gas flow rate decreased linearly from 400s to 2400s, as shown in Figure 4. This 
occurs because the lean flow rate remains constant since the stripper heat duty remained unchanged. 
The rich loading decreased with time, as illustrated Figure 5. One will notice that, although the flue 
gas flow rate was kept constant after 2400s, it took more than 3000s for the rich loading to reach its 
new steady-state.  Figure 6 shows that the percentage of CO2 absorbed significantly increased 
during the ramp test. This is due to the corresponding reduction in CO2 available to react with free 
amine in the absorber. The results obtained in the absorber section of the complete process were 
similar to those obtained by Kvamsdal et al. [3] and Lawal et al. [4] when partial load reduction 
was implemented in a standalone absorber. The gas flow rate of CO2 in the stripper was 
significantly reduced during the ramp test. As shown in Figure 7, the CO2 flow rate at the top of the 
stripper slightly decreased from 0.68 to 0.6 mol/s during the ramped test. Then, the CO2 flow rate 
sharply reduced to 0.36 mol/s within 13 minutes before reaching a new steady state condition.  
 
 
             Figure 4: Flue gas flow rate and liquid to   Figure 5: Rich loading profile during the gas     
             ratio profile during partial load reduction                               partial load reduction 
 
Figure 6: Percentage of CO2 absorbed in absorber during partial load reduction 
0
2
4
6
8
10
12
14
1
1.5
2
2.5
3
3.5
4
4.5
0 2000 4000
L
iq
u
id
 t
o
 g
a
s 
ra
ti
o
 (
k
g
/k
g
)
F
lu
e 
g
a
s 
fl
o
w
 r
a
te
 (
m
o
l/
s)
Time(s)
0.3
0.35
0.4
0.45
0.5
0 1000 2000 3000 4000 5000R
ic
h
 l
o
a
d
in
g
 (
m
o
l 
C
O
2
/
m
o
l 
m
ea
)
Time (s)
0
20
40
60
80
100
120
0 1 2 3 4 5 6 7
C
O
2
a
b
so
rb
ed
 (
%
)
Column Height (m)
t=400s
t=1000s
t=2000s
t=3000s
1484 N. Harun et al. / Energy Procedia 4 (2011) 1478–1485
 Author name / Energy Procedia 00 (2010) 000–000  
 
 
Figure 7: The gas flow rate of CO2 at the top of stripper during partial load reduction 
 
 
5. Conclusions 
 
A dynamic rate-based MEA absorption process to capture CO2 from fossil fuel power plants was 
developed. This MEA dynamic process model can be used to study the operability, flexibility and 
controllability of this plant. The proposed model was validated using steady-state data obtained 
from different sources. Dynamic simulations of this process show that the partial load reduction at 
the absorber inlet significantly affects the performance of absorber and stripper.  
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